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1

INTRODUCTION

The focus of this review is hydrodeoxygenation for production of hydrocarbons for
incorporation into a conventional refinery; esterification of bio-oil for diesel miscible fuel
additives; and a review of gasification of biomass and biomass derived materials for power
and/or synfuel production.. The possibility of subjecting the residue from esterification to
hydrodeoxygenation to hydrocarbons is recognised but has not been investigated. Addition of
this process would considerably improve overall yields from esterification.
Section 1 explains how bio-oil is produced and Section 2 reviews the need for upgrading.
Section 3 explains how hydrodeoxygenation is used to remove the high oxygen content of
bio-oil which ameliorates all the detrimental properties of bio-oil for use in transport. Section
4 describes an alternative approach to upgrading through esterification of the acids which
leads to a diesel miscible product. The residue after esterification can be upgraded by
hydrodeoxygenation to a hydrocarbon product. Section 5 reviews gasification and discusses
how various primary products from thermal processing can be used to provide heat and or
power for utilities or for production of synfuels.
2

FAST PYROLYSIS

2.1

Introduction

Solid biomass fuels and residues can be directly utilised for energy purposes as in
combustion, but there is considerable advantage and interest in converting it to more valuable
and flexible energy forms as liquids and gases. This paper focuses on fast pyrolysis for
production of liquids as a particularly flexible way of processing biomass, residues and
wastes. This route for liquids production is particularly interesting as the liquid is produced in
high yields and can be easily stored and transported; and used for energy, chemicals or as an
energy carrier. Pyrolysis has been applied for thousands of years for charcoal production but
it is only in the last 30 years that fast pyrolysis has become of considerable interest because
the process directly gives high yields of liquid of up to 75 wt.%. This can be used directly in a
variety of applications [1] or used as an efficient and effective energy carrier. A number of
reviews have recently been published [2, 3].
2.2

Technologies

Pyrolysis is thermal decomposition occurring in the absence of oxygen. Lower process
temperatures and longer vapour residence times favour the production of charcoal. High
temperatures and longer residence times increase biomass conversion to gas, and moderate
temperatures and short vapour residence time are optimum for producing liquids. Three
products – gas, liquid and solid - are always produced, but the proportions can be varied over
a wide range by adjustment of the process parameters.
Although a wide range of technologies have been investigated and developed, only two basic
processes have been commercialised – fluid bed (Dynamotive and Metso) and transported or
circulating fluid bed (Ensyn, BTG).
4

2.3

Products of fast pyrolysis

The main product, bio-oil, is obtained in yields of up to 75 wt.% on a dry-feed basis, together
with by-product char and gas. Both can be used within the process to provide process heat for
pyrolysis process and or drying the biomass feed.
2.3.1 Bio-oil
Pyrolysis oil typically is a dark brown, free-flowing liquid which approximates to biomass in
elemental composition. It is composed of a very complex mixture of oxygenated
hydrocarbons with an appreciable proportion of water from both the original moisture and
pyrolysis reaction product. The liquid is formed by rapidly quenching and thus ‘freezing’ the
intermediate products of flash degradation of hemicellulose, cellulose and lignin. The liquid
thus contains many reactive species, which contribute to its unusual attributes. A small
proportion of solid char may also be present from incomplete char separation. Depending on
the initial feedstock and the mode of fast pyrolysis, the colour can be almost black through
dark red-brown to dark green, being influenced by the presence of micro-carbon in the liquid
and chemical composition. Hot vapour filtration gives a more translucent red-brown
appearance owing to the absence of char. High nitrogen content can impart a dark green tinge
to the liquid.
The typical maximum yield of bio-oil from woody materials is around 75 wt.% and contains
70% of the energy on the biomass. Fast pyrolysis liquid has a higher heating value of about
17 MJ/kg as produced with about 25% wt. water that cannot readily be separated. While the
liquid is widely referred to as “bio-oil”, it will not mix with any hydrocarbon liquids. It is
composed of a complex mixture of oxygenated compounds that provide both the potential and
challenge for utilisation. Some important properties of this liquid are summarised in Table 1.
Table 1 Typical key properties of wood-derived crude bio-oil
Physical property
Moisture content
pH
Specific gravity
Elemental analysis

C
H
O
N

HHV as produced
Viscosity (40ºC and 25% water)
Solids (char)
Vacuum distillation residue
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Typical value
25%
2.5
1.20
56%
6%
38%
0–0.1%
17-18 MJ/kg
40–100 mpa s
0.1%
up to 50%

2.3.2 Char
Char is a vapour cracking catalyst so rapid and effective separation from the pyrolysis product
vapours is essential. In addition any residual char in bio-oil may separate out and may also
deposit on liquid phase upgrading catalysts.
Cyclones are the usual method of primary char removal, however some fines always pass
through the cyclones and collect in the liquid product where they can accelerate aging and
exacerbate the instability problem. In addition during storage, the alkali metals in the ash in
the char can leach out into the bio-oil. Some success has been achieved with hot vapour
filtration which is analogous to hot gas cleaning in gasification systems e.g. [4, 5, 6, 7].
Problems arise with the sticky nature of fine char and disengagement of the filter cake from
the filter. Centrifugation has been found to be successful for char removal, but a high solids
content bio-oil is produced containing the char which requires utilisation or disposal.
Transported bed or circulating fluid bed reactors recycle all the char and sand to a secondary
reactor where the char is burned in air to reheat the sand which is recirculated to the pyrolyser
to provide the heat for pyrolysis. There is, therefore, no production of char for export from
the process in these processes. In fluid bed processes, the char is separated and part is burned
externally to provide heat for the pyrolysis reactions. The surplus can be exported for other
uses. A very small amount of char is contained in the bio-oil product. This is important for
upgrading as any char will be deposited in fixed bed catalytic upgrading reactors and will
affect flows and catalyst activity.
2.3.3 Gas
About 5% of the energy in the biomass in contained in the gas. This can sometimes be
recovered for energy use depending on the configuration of the reactor.
2.4

Technical challenges in fast pyrolysis

There are a number of technical challenges facing the development of fast pyrolysis, of which
the char removal is believed to be the most important in upgrading processes. These will
affect any downstream upgrading so it is important to recognise and consider them.
2.4.1 Bio-oil challenges
Some of the properties and characteristics of bio-oil have attracted particular attention and
these are discussed further below:
2.4.1.1 Acidity or low pH
The pH of bio-oil is typically around 2.5 due to the relatively high concentration of organic
acids. This requires more careful choice of materials and stainless steel is often specified
although polyolefins are suitable where temperature and pressure permit.

6

2.4.1.2 Aging and stability
Aging is a well known phenomenon caused by continued slow secondary reactions in the
liquid which manifests as an increase in viscosity with time. It can be reduced or controlled
by the addition of alcohols such as ethanol or methanol. Higher water contents also improve
stability but needs careful control as discussed below. In more extreme cases phase
separation can occur. It is exacerbated or accelerated by the presence of fine char. This has
been reviewed by Diebold [8].
Bio-oil has been successfully stored for several years in normal storage conditions in steel and
plastic drums without any deterioration that would prevent its use in any of the applications
tested to date.; It does, however, change slowly with time, most noticeably there is a gradual
increase in viscosity. More recent samples that have been distributed for testing have shown
substantial improvements in consistency and stability, demonstrating the improvement in
process design and control as the technology develops.
2.4.1.3 Ash
The ash content of biomass has an impact on organic liquid yields through primary and
secondary catalytic cracking reactions of the organic vapours. This results in increased water
and carbon dioxide and reduced organic yields. Although the total liquid remains about the
same, the water content is much higher possibly resulting in phase separation and the heating
value is lower due to the higher water content. Generally, ash levels below around 2.5 wt.%
will lead to a homogenous single phase liquid, although high potassium levels will lower this
datum.
Ash comes from the nutrients in the biomass, of which potassium is particularly important,
and from soil and related contamination in growing and harvesting. Ash management is
therefore important. Ash reduction can be managed through feed blending and through water
or dilute acid washing, although the financial and energy cost implications of washing can be
significant.
2.4.1.4 Distillation
Pyrolysis liquids cannot be completely vaporised once they have been recovered from the
vapour phase. If the liquid is heated to 100ºC, it starts to rapidly react and continued heating
eventually produces a solid residue of around 50 wt.% of the original liquid which is mostly
char or coke, and some distillate containing volatile organic compounds from the primary
liquid and from cracking reactions and water.
2.4.1.5 Particulates
The particulate levels in bio-oil are derived from char carry over and inerts carry over from
the fluid bed material that are not removed in the primary solids removal stage of typically
cyclones. This aspect and use of hot vapour filters was discussed above. The char is
relatively soft and friable but will still impact on atomisation such as for combustion, and any
7

close tolerance applications such as engines. Since all the alkali metals in the biomass report
to the char, any char carry over to the liquid will give an ash presence in the bio-oil. Over
time this ash is likely to be leached and dissolve in the aqueous solution as for example
potassium acetate. Char will also tend to contribute to aging as it will retain some catalytic
activity.
2.4.1.6 Phase separation
After formation of the primary fast pyrolysis vapours, further secondary reactions begin
almost immediately, catalysed by char and ash. Hot vapour residence time is thus an
important determinant of both yield and bio-oil quality. Generally, the longer the hot vapour
residence time and the higher the ash content, the more cracking reactions occur, leading to
formation of water and carbon dioxide and lower organic yields. The resultant high water
content leads to a phase separated product.
Phase separation is a consequence mainly of high water content in the product. This can arise
from a high water content feed, high ash feed, poor char separation and/or long hot vapour
residence time and combinations of these factors. Once bio-oil is phase separated, it cannot
readily be re-constituted, although addition of ethanol or methanol can restores homogeneity
and mild heating and mixing can restore some degree of homogeneity.
2.4.1.7 Water content and effects
The liquid contains varying quantities of water, which normally forms a stable homogenous
mixture, ranging from about 15 wt.% water up to about 30wt% water, depending on the feed
material, how it was produced and subsequently collected. A typical feed material
specification is a maximum of 10% moisture in the dried feed material, as both this feed
moisture and the water of reaction from pyrolysis, typically about 12% based on dry feed,
both report to the liquid product. Pyrolysis liquids can tolerate the addition of some water,
but there is a limit to the amount of water which can be added to the liquid before phase
separation occurs, in other words the liquid cannot be dissolved in water. Water addition
reduces viscosity, which is useful; reduces heating value which means that more liquid is
required to meet a given duty; and can improve stability. The effect of water is therefore
complex and important.
2.4.1.8 Environment, health and safety
As bio-oil becomes more widely available, attention will be increasingly placed on
environment, health and safety aspects. A study was completed in 2005 to assess the
ecotoxicity and toxicity of 21 bio-oils from most commercial producers of bio-oil around the
world in a screening study, with a complete assessment of a representative bio-oil [9]. The
study includes a comprehensive evaluation of transportation requirements as an update of an
earlier study [10] and an assessment of the biodegradability [11]. The results are complex
and require more comprehensive analysis but the overall conclusion is that bio-oil offers no
significant health, environment or safety risks.
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2.5

Integrated fast pyrolysis process

Although the heart of a fast pyrolysis process is the reactor, this only accounts for around 1015% of the capital cost of the system. The rest of the process consists of biomass reception,
storage and handling, biomass drying and grinding, product collection, storage and, when
relevant, upgrading. This is depicted in Figure 1.
GAS

Pyrolysis
reactor

BIOMASS
Drying

Char Quench
removal

Grinding
ESP
CHAR

process heat
or export

BIO-OIL

Gas recycle if needed

Figure 1 Fast pyrolysis reaction system
3

FAST PYROLYSIS BIO-OIL UPGRADING

Bio-oil can be upgraded physically, chemically and/or catalytically. These have been
extensively reviewed recently [3] and only a summary of key aspects is included here. The
characteristics that cause most concern are the non-miscibility with hydrocarbons, aging
effects that can cause instability, low pH and solids. These four aspects are briefly
summarised as they seem to cause the greatest concern in utilisation and applications for biooil.
3.1

Physical upgrading of bio-oil

The most important properties that may adversely affect bio-oil fuel quality are
incompatibility with conventional fuels from the high oxygen content of the bio-oil which is
consider further below under hydrodeoxygenation, potential high solids content of bio-oil
which can block fixed bed catalytic reactors, high viscosity which can cause fluid flow
problems, and chemical instability which can lead to phase separation and/or viscosity
increase and affect upgrading though adverse fluid flow effects.
3.1.1 Filtration of bio-oil
Hot-vapour filtration can reduce the ash content of the oil to less than 0.01% and the alkali
content to less than 10 ppm, much lower than reported for biomass oils produced in systems
using only cyclones. This gives a higher quality product with lower char [12], however char is
catalytically active and potentially cracks the vapours, reduces yield by up to 20%, reduces
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viscosity and lowers the average molecular weight of the liquid product. There is limited
information available on the performance or operation of hot vapour filters, but they can be
specified and perform similar to hot gas filters in gasification processes.
Diesel engine tests performed on crude and on hot-filtered oil showed a substantial increase in
burning rate and a lower ignition delay for the latter, due to the lower average molecular
weight for the filtered oil [13]. Hot gas filtration has not yet been demonstrated over a longterm process operation. A little work has been done in this area by NREL [12], VTT and
Aston University [14], and very little has been published.
Liquid filtration to very low particle sizes of below around 5µm is very difficult due to the
physic-chemical nature of the liquid and usually requires very high pressure drops and self
cleaning filters.
Centrifugation has also been shown to be successful in reducing solid content but this also
results in loss of bio-oil with the char cake and requires acceptable disposal.
3.1.2 Blends
An extension to the addition of solvents for homogenisation is production of multicomponent
blends containing bio-oil. Some work has recently been carried on homogenous blends of
bio-oil, biodiesel and bioethanol [15]. The advantages lie in utilisation of mixed biomass
derived liquids that allow control over fuel properties such as viscosity, boiling range and
flash point. Since the viscosity is reduced, liquid filtration may be much easier, although this
has not been tried.
3.2

Catalytic upgrading of bio-oil

3.2.1 Catalysts
Catalysts can be included in a fast pyrolysis process in several ways:
1. Integrated into the biomass prior to fast pyrolysis for example by impregnation
2. Mixed with the biomass prior to fast pyrolysis
3. Integrated into the fast pyrolysis reactor for example by replacing fluid bed material or
adding to fluid bed material
4. Close coupled to the fast pyrolysis reactor within the fast pyrolysis reaction system
and operating on the hot pyrolysis vapours at similar temperature conditions but with
independent control of process parameters such as residence time and space velocity
5. Coupled to the fast pyrolysis reactor operating on the hot pyrolysis vapours with
independent control of process parameters such as temperature, residence time and
space velocity
6. Decoupled operation on the condensed liquids locally or remotely.
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Of these options for catalytically upgrading bio-oil, only the last one is developed below
through either hydrodeoxygenation or esterification. In all cases, consideration needs to be
afforded to recovery and/or regeneration and/or disposal of the catalyst.
Upgrading bio-oil to a conventional hydrocarbon based transport fuel such as diesel, gasoline
or kerosene requires full deoxygenation and conventional refining, which can be
accomplished either by integrated catalytic pyrolysis or by decoupled operation. There is also
increasing interest in partial upgrading to a product that is compatible with refinery streams in
order to take advantage of the economy of scale and experience in a conventional refinery.
Integration into refineries by upgrading through cracking and/or hydrotreating has been
reviewed by Huber and Corma [16]. Other options include production of additives including
by esterification which are included in Figure 2.
The focus of this review is hydrodeoxygenation for production of hydrocarbons for
incorporation into a conventional refinery and also esterification of bio-oil for diesel miscible
fuel additives. The heavy organic residue from esterification can potentially be processed by
hydrodeoxygenation to hydrocarbons therefore considerably improving overall yields. These
processes are summarised in Figure 3.

Figure 2 Upgrading of bio-oil to biofuels and chemicals
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Figure 3 Upgrading of bio-oil to hydrocarbons or fuel additives
4

HYDRODEOXYGENATION

4.1

Principles

Hydro-processing rejects oxygen as water by catalytic reaction with hydrogen that would
usually be carried out remotely. The process is typically high pressure (up to 20 MPa) and
moderate temperature (up to 400ºC) and requires a hydrogen supply or source [17]. Full
hydrotreating gives a naphtha-like product that requires orthodox refining to derive
conventional transport fuels. This would be expected to take place in a conventional refinery
to take advantage of know-how and existing processes. A projected typical yield of naphtha
equivalent from biomass is about 25% by weight or 55% in energy terms excluding provision
of hydrogen. Inclusion of hydrogen production for example by gasification of biomass
reduces the yields to around 15 wt.% or 33% in energy terms. The process can be depicted by
the following conceptual reaction:
C1H1.33O0.43 + 0.77 H2 → CH2 + 0.43 H2O
It is clear that even with more stable and advanced catalyst systems, several stages of
hydrodeoxygenation are likely to be needed: an initial stabilisation stage with little oxygen
removal under relatively mild conditions, followed by possibly two stages of deoxygenation
at increasing severity to deliver a sufficiently low oxygen content product to be safely fed into
a conventional refinery [18]. This is shown in Figure 5 below.
4.2

Hydrogen

There is a substantial hydrogen requirement in all hydrotreating processes to hydrogenate the
organic constituents of bio-oil and remove the oxygen as water. The hydrogen requirement
can be represented by processing an additional amount of biomass to provide the hydrogen for
example by gasification. This is about 80% of that required to produce the bio-oil. The
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process is thus less efficient than simple performance figures often presented. If only the
organic fraction of bio-oil after phase separation is hydrotreated, the hydrogen required can be
produced by steam reforming the aqueous phase. There has been extensive research on
reforming the aqueous fraction of bio-oil as discussed below. There is also a high cost from
the high-pressure requirement [26, 19]. Catalyst deactivation remains a concern from coking
due to the poor C:H ratio. There are many sources of hydrogen, the most likely of which are
shown in Figure 4.

Figure 4 Some sources of hydrogen for hydrodeoxygenation
Since very high hydrogen pressures are required for hydrodeoxygenation, only a fraction of
the hydrogen fed to a hydrotreater will be consumed. The reactor offgases will therefore have
a high hydrogen content and the hydrogen will have to be recovered and recycled since it has
substantial value. In addition the hydrocarbon content of the offgases can be reformed to
produce more hydrogen and reduce fresh hydrogen addition requirements. Pressure Swing
Absorption (PSA) or membranes are widely used for hydrogen separation, with hydrogen
purities up to 99% and recovery rates up to 90% [20]. However the cost and complexity of
hydrogen recovery and recycle is significant. An outline flow sheet is shown in Figure 5.
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Figure 5 Hydrogen recovery and recycle in hydrodeoxygenation
4.3

Reactors

Fixed bed reactors are traditionally used in commercial hydrotreating/hydrocracking
operations and have been invariably used in research activities, sometimes in batch and
sometimes in continuous operation. A recent development is an ebullated or ebulliated
reactor [18] which is also a three phase reaction which allows for catalyst deactivation and
fouling and removal of solid particulates.
4.4

Catalysts

The catalysts originally tested in the 1980s and 1990s were based on sulfided CoMo or NiMo
supported on alumina or alumino-silicate and the process conditions are similar to those used
in the desulfurisation of petroleum fractions. However a number of fundamental problems
arose including that the catalyst supports of typically alumina or alumino-silicates were found
to be unstable in the high water content environment of bio-oil, and the sulphur was stripped
from the catalysts requiring constant re-sulfurisation and coking rapidly inhibited catalytic
activity. The main activities were based at PNNL, USA [e.g. 21, 22, 23] and at UCL in
Louvain la Neuve in Belgium [e.g. 24, 25]. A recent design study of this technology for a
biomass input of 2000 dry t/d for production of gasoline and diesel has been carried out by
PNNL [26].
More recently, attention turned to precious metal catalysts on less susceptible supports, and
considerable academic and industrial research has been initiated in the last few years. Of note
is the work by UOP in Chicago with Pacific Northwest National Laboratory (PNNL) in the
USA to address the scientific and technical challenges and develop a cost effective process
[27]. Model compounds were used initially to understand the basic processes [28] and both
whole oil and fractions have been evaluated. Tests have been carried out on both batch and
continuous flow processes and work to date has been based on low-temperature (up to 380ºC)
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catalytic hydrogenation of bio-oil using different metal catalysts and processing conditions to
give a range of products including petroleum refinery feedstock. Groningen University in the
Netherlands is also active in fundamental research on hydrotreating bio-oils and model
compounds using ruthenium on carbon [e.g. 29, 30]. Different levels of upgrading are being
studied from stabilisation with low levels of oxygen removal through mild hydrotreating to
two stage hydrotreatment with substantial oxygen removal [31].
4.5

Product refining

It appears sensible and cost effective to complete the upgrading of a deoxygenated oil in a
conventional refinery. Unresolved questions relate to the degree of oxygen removal to
successfully integrate a partially upgraded bio-oil into an existing refinery process stream and
where to add it. There is ongoing work in this area in the USA and Europe. A simple initial
guide is that biodiesel which contains around 8-10 wt.% oxygen is fully miscible with fossil
diesel in any proportions, so this can be viewed as a target level of oxygen. Thus research is
needed into the miscibility over a range of proportions of partially upgraded bio-oil with a
number of representative conventional refinery streams.
4.6

Future trends in HDO

The liquid bio-oil produced by fast pyrolysis has the considerable advantage of being storable
and transportable which offers a unique advantage. The potential of bio-oil is increasingly
being recognised, with a rapid growth in research into improving bio-oil properties
particularly for dedicated applications and for biofuel production. Much of the research is still
at a fundamental scale even to the use of model compounds and mixtures of model
compounds that purport to represent whole bio-oil. It is doubtful, however, if a limited
component mixture can adequately represent the complexity of bio-oil. Some of the most
interesting and potentially valuable research is on more complex and more sophisticated
catalytic systems and these will require larger scale development to prove feasibility and
viability.
Biorefineries offer considerable scope for optimisation of fast pyrolysis based processes and
products, and these will require development of component processes in order to optimise an
integrated system. They will necessarily include provision of heat and power for at least
energy self-sufficiency.
There is an exciting future for fast pyrolysis bio-oil upgrading as long as these are focussed on
delivering useful and valuable processes and products.

5

UPGRADING BY ESTERIFICATION

5.1

Introduction

The application of phospho-tungstic acid with Wells-Dawson structure (H6P2W18O62. 24H2O)
as solid acid catalyst, is a field of growing importance in sustainable acid catalysis. The
phospho-tungstic Wells-Dawson heteropoly-acid (HPA) has the formula [(Xn+)2M18O62]
15

where each Xn+ is a central atom, phosphorus (V) in this case, surrounded by a cage of M
addenda atoms such as tungsten (VI), each of them composing MO6 octahedral units [32].
This solid acid possesses pure Brönsted acidity and their protons play a role of catalytic active
sites. The acidity of these bulk compounds is higher than that mineral acids and it depends on
their hydration state, the strength of acid sites and the accessibility of the protons.
Current bio-oil upgrading methods include in-situ catalytic pyrolysis, catalytic cracking of
fast pyrolysis vapours, hydrocracking and esterification [2]. Heteropoly acids (HPAs)
attracted considerable interest as catalysts due to their lower toxicity and higher acidity. HPAs
are proposed as an alternative to sulphuric acid, which is conventionally used in acidcatalysed esterification processes. Esterification reactions in heterogeneous conditions need
solid acid catalysts with strong acidity and they must be insoluble in polar solvents. Bulk
HPA has strong acidity but they are very soluble in polar solvents like alcohols and water. To
overcome this problem the Wells-Dawson HPA included in silica was synthesized by the solgel technique and tested for its potential application in bio-oil esterification.
5.2

Synthesis and characterisation of Wells-Dawson heteropoly-acids (HPA)

The Wells-Dawson HPA included in silica was synthesized by the sol-gel technique. A
mixture of n-butanol and Wells-Dawson acid (WD) and, finally, water were added to
tetraethyl orthosilicate. The mixture was stirred under nitrogen atmosphere for 1 h, at room
temperature. Then, this mixture was stirred at 40-60°C for 24 h. The hydrogel obtained was
dehydrated in an oven at 80°C and the catalyst samples were used without calcination in the
catalytic tests, because the acidity of this type of materials depends on their hydration state
and on the treatment temperature.
Two catalysts with different amounts of WD acid included in silica were prepared. For the
catalyst named 20WD-S, 2.7 g of pure WD acid were included, and for 40WD-S catalyst, 5 g
of pure WD acid. In both cases, the amount of pure silica was 14.7 g. By sol-gel technique,
for each sample, the total amount of WD acid is incorporated in the silica framework.
Before being incorporated in silica, the bulk pure WDA (H6P2W18O62.aq.) was synthesized
according to the procedure described in [33]. WDA was obtained from an aqueous of α/β
K6P2W18O62.10H2O, which was treated with ether and concentrated HCl (37%) solution. The
acid so released formed an addition compound with the ether, which allows it to be separated
from the solution. The remaining solution was placed in a vacuum-desiccator until
crystallization.
WDA synthesized samples were characterized by 31P MAS-NMR, FTIR, and potentiometric
titration by n-butylamine techniques.
5.3

Characterization of prepared catalysts

Table 1 shows the surface area, average pore diameter and pore volume of the different
synthesized samples and silica obtained by sol-gel. Bulk Wells-Dawson acid has a very low
value of SBET (2-4 m2/g), and pure silica 507 m2/g, respectively. For 40WD-S and 20WD-S,
16

the SBET are 531 and 580 m2/g, with average pore diameter of 25.8 and 26.7 Å, respectively.
The values of SBET are higher than the pure silica because WD incorporated in framework of
silica acts as a pore forming. This can also be observed in the pore volume values (Table 1).
The difference between 20WD-S and 40WD-S may be due to the catalyst contains the highest
amount of WD could be incorporated into the framework silica and, also, remain in the mouth
of the pores, reducing the three parameters measured (Table 2).
Table 2 Surface area of different samples
Sample
Bulk WD
Pure SiO2
20WD-S
40WD-S

Surface area
SBET, m2/g
2-4
507
580
531

Average pore
diameter, Å
21.9
26.7
25.8

Pore volume,
cm3/g
0.18
0.35
0.20

In order to verify the incorporation of WD in the silica framework, the synthesized samples
were characterized by 31P MAS-NMR. This technique is the “fingerprint” of the HPA
compounds. The pure bulk WD acid has two equivalent phosphorus atoms and consequently,
it shows only one main peak in the 31P MAS-NMR spectrum in the range of -12.8, -13 ppm
[34]. The spectra of 31P MAS-NMR of WD included in SiO2 catalysts with two different
loadings of WD (40WD-S and 20WD-S, “a” and “b” curves, respectively), are shown in
Figure 6. The results indicated that silica-included WD samples display the main peak with a
chemical shift at -13.2 ppm, which indicates that after the synthesis and drying, the acid
maintains its Wells-Dawson heteropolyanion structure. Two new small signals at −12.4 and
−11.7 ppm are evident in the samples. These signals could be related to the presence of
different Dawson species, such as H6P2W18O62 strongly interacting with the Si–OH groups of
the support, and to species such as P2W21O71 6− , respectively [34].
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Figure 6 . 31P MAS-NMR spectra of silica-included HPA samples, a) 40WD-S; b)
20WD-S
The FTIR spectra also show that after synthesis the WD keeps its Dawson structure. Figure 7
shows the spectra for the bulk WD and for the 40WD-S sample, after subtraction of the
spectra that correspond to the support. The characteristic bands of the HPA with Dawson
structure are 1091 (stretching frequency of the PO4 tetrahedron), 963 (W=O terminal bonds),
911 and 778 cm−1 (“inter” and “intra” W–O–W bridges, respectively). It can be observed that
the acid included in silica displays the same characteristic bands. Nevertheless, for these
samples a broadening of the band at 1091 cm−1 is observed. This fact can be due to a loss of
tetrahedron symmetry because of the interaction between WO6 octahedral and sylanol groups
of silica. A shift of the 778 cm−1 band (“intra” W–O–W bridges) can also be observed, which
could be attributed to the same effect.
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Figure 7 FTIR spectra of bulk WD (curve a) and 40WD-S (curve b) samples
It was observed that both, 31P MAS-NMR and FTIR measurements, show that Wells-Dawson
acid keeps intact its Dawson structure after its inclusion in the silica framework.
On the hand, the acidic properties of the solid samples were measured by titration with nbutylamine. This technique enables the evaluation of the number of acid sites and their acid
strength. In order to interpret the results, it is suggested that the initial electrode potential (E)
indicates the maximum acid strength of the surface sites, and the values (meq/g solid), where
the plateau is reached, indicate the total number of acid sites. The acid strength of surface
sites can be assigned according to the following ranges: very strong site, E > 100 mV; strong
site, 0 < E < 100 mV; weak site, −100 < E < 0 mV, and very weak site, E < −100 mV. The
acidity of bulk Wells-Dawson is Brönsted in nature, and their initial electrode potential
indicated that is a superacids [35, 36].
Silica-included HPA catalysts (Figure 8) show very strong acid sites after their incorporation
in the silica framework; this could be related to the proton mobility, which in part depends on
the negative charge distribution in the heteropolyanion oxygens. The acidity of these
compounds is higher than that of mineral acids and it depends on their hydration state, the
strength of acid sites and proton accessibility.
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Figure 8 Curve of potentiometric titration of different silica-included samples:
5.4

Esterification of the whole fast pyrolysis of bio-oil

Esterification of the whole fast pyrolysis of bio-oil with n-butanol in the presence of heteropoly acid catalyst with Wells-Dawson structure included in the silica framework (as
alternative to mineral acids) at the temperature of 80oC was investigated. Beech wood bio-oil
(GC-MS chromatogram – Figure 9) was produced using a 1 kg/h Aston University BERG
continuous bubbling fluidised bed reactor. The rig operated at 500oC with a hot vapour
residence time of 2 s.

Figure 9 GC-MS chromatogram of beech wood fast pyrolysis oil
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Figure 10 shows the experimental set-up for bio-oil esterification experiments. The
esterification of bio-oil was conducted in a batch reactor. The following esterification
conditions were used:
• Reaction mixture: bio-oil (25 cm3), n-butanol (50 cm3), HPA with Wells-Dawson
structure (0.5 g) alternatively H2SO4 (98%; 0.5 cm3)
• Reaction time and temperature: 6 h at 80oC

Figure 10 Experimental set-up for bio-oil esterification experiments
Reaction mixture before and after esterification was characterized by GC-MS (PerkinElmer
Clarus 680 GC with PerkinElmer 600S MS) using a PerkinElmer Elite-1701 (30 m x 0.25 mm
i.d. x 0.25 mm d.f.) GC column and the GC oven temperature between 50 and 280oC with the
heating rate of 5oC/min. applied. Results from GC-MS analysis of whole bio-oil esterification
with H2SO4 are shown in Figure 11.
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Figure 11 Results from GC-MS analysis of whole bio-oil esterification with H2SO4
(left) and Wells-Dawson HPA (right); solvent: n-butanol, reaction temperature: 80oC.
Compounds in the bio-oil fraction and the upgraded fraction were classified into acids, esters,
ethers, ketones, phenols, furans and aldehydes. The distribution of the amounts (peak area, %)
of those chemical groups (on the basis of GC-FID analysis) is presented in Figure 12.
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Figure 12 Chemical groups in the bio-oil and upgraded fractions
Bio-oil had a high content of carboxylic acids (15.51 %) and ~80% of them were converted
into esters. The total amount of ethers and aldehydes did not show much fluctuation. Small
increase (~10%) of phenolic compounds yields was observed.
The upgraded fraction were distilled (under a slight vacuum) at 180oC and organic fraction
after distillation were analysed using a PerkinElmer TurboMatrix 16 HS (Headspace sampler,
incubation 1 min. at 220oC) with GC-MS/FID analysis (the same GC column and oven
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temperature was used as for the whole bio-oil analysis). Figure 13 shows the whole reaction
mixture after esterification experiments with solid acid catalyst with Wells-Dawson structure
and the distillate as well as corresponding GC-MS chromatograms.
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Figure 13 GC-MS chromatograms of whole reaction mixture after esterification with
Wells-Dawson catalyst (A) and after distillation (B)
The main components of the organic fraction after distillation were: propanoic acid butyl
ester, propanoic acid 1-methyl ester, 2-butenoic acid butylester, acetic acid diethylene
glycoldiester and butanoic acid anhydride.
5.5

Process description

5.5.1 Batch process used in experiments
The experimental batch procedure employed the laboratory experiments carried out in the
project is summarised in Figure 14. The heavy residue after recovery of the esters and water
needs to be evaluated for further upgrading for example by hydrodeoxygenation. Since high
temperature adversely affect pyrolytic lignins, distillation of the esters may be more
effectively carried out at lower pressures and temperatures and this will require exploration in
further process development.
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Figure 14 Batch esterification process flowsheet
5.5.2 Proposed continuous processes
Figure 15 shows outline flowsheets for conceptual esterification processes based on either
conventional inorganic acids and the novel solid acid catalysts developed in this project. Key
features are fractional condensation of the heavy organic fraction at around 150°C to:
• Minimise fouling of the process equipment
• Minimise deterioration of the solid acid catalyst.
• Minimise deterioration of the heavy organics to optimise their further processing, for
example by hydrodeoxygenation.
Selection of 150°C as the fractionation temperature is arbitrary at this stage and needs to be
explored.
The lighter fraction contains the water and water soluble pyrolysis products for esterification.
Use of this fraction will avoid the problems listed above and give higher conversion, thereby
improving efficiency and reducing costs.
The heavy fraction can be subjected to alternative upgrading processes such a HDO or
cracking to give hydrocarbon products.
Further research is needed to explore catalyst life and regeneration as well as upgrading of
residues.

24

Figure 15 Proposed alternative continuous esterification processes based on
conventional inorganic acid catalyst (LEFT) and based on new solid acid catalyst
(RIGHT)
5.6

Conclusions and recommendations for esterification
1. The synthesis of catalysts by the sol-gel technique was satisfactory and the samples
kept their HPA structure intact after synthesis and drying. Also, silica-included HPA
catalysts show very strong acid sites after their incorporation in the silica framework,
being the acidity of these compounds higher than that of mineral acids.
2. Majority of corrosive carboxylic acids were efficiently upgraded to neutral esters and
the conversion yields were similar when comparing WD solid acid with sulphuric
acid.
3. Esterification gives yields of up to 12 wt.% butyl esters on whole bio-oil.
4. Solid acid catalysts with no pollution and no halogen ion can be been applied
extensively due to its good high-temperature stability and activity.
5. Future research work should be dedicated to the application of esters fractions as
additives to diesel fuels.
6. The potential for hydrodeoxygenation of esterification residues should be evaluated.

6

GASIFICATION

6.1

Introduction

Fuel gas can be produced from biomass and related materials either by partial oxidation to
give a mixture of carbon monoxide, carbon dioxide, hydrogen and methane with nitrogen if
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air is used as the oxidant, or a nitrogen free gas with higher methane content is derived from
by steam or pyrolytic gasification. Table 3 summarises the main products in each case. The
process of gasification occurs in a number of sequential steps:
• drying to evaporate moisture;
• pyrolysis to give gas, vaporised tars or oils and a solid char residue;
• gasification or partial oxidation of the solid char, pyrolysis tars and pyrolysis gases.
Table 3 Modes of thermal gasification
Gasification
mode
Partial
oxidation with
air
Partial
oxidation with
oxygen

Steam
(pyrolytic)
gasification

Characteristics
The main products are CO, CO2, H2, CH4, N2 and tar, giving a low heating
value gas of ~5MJ/m3. Utilisation problems can arise in combustion,
particularly in gas turbines.
The main products are CO, CO2, H2, CH4 and tar (no N2), giving a medium
heating value gas of ~10–12 MJ/m3. The cost of providing and using
oxygen is compensated by a better quality fuel gas. The trade-off is finely
balanced and becomes increasingly justified as size increases. A N2 free
gas is essential for biofuels to contain costs.
The main products are CO, CO2, H2, CH4 and tar giving a medium heating
value gas of ~15–20 MJ/m3. The process has two stages: the primary
reactor produces gas and char, and the sand and char is passed to a second
reactor where the char is burned with air to reheat the sand, which is then
re-circulated to the first reactor to provide the heat for reaction. In this sense
it is analogous to a CFB fast pyrolysis system. The gas heating value is
maximised due to a higher methane and higher hydrocarbon gas content,
but at the expense of lower overall efficiency due to loss of carbon in the
second reactor. The higher quality gas makes it more suitable for power
generation in engines or turbines as there is less de-rating due to the higher
energy content of the gas.

The first step in gasification, drying, is a relatively fast process. The second step, pyrolysis, is
also relatively fast but it is a complex process that gives rise to the tars that cause so many
problems in gasification processes. When a solid fuel is heated to 300–500 C in the absence of
an oxidising agent, it pyrolyses to solid char, condensable hydrocarbons or tar and gases. The
relative yields of gas, liquid and char mainly depend on the rate of heating and the final
temperature, and this was discussed previously. In gasification by partial oxidation, the gas,
liquid and solid products of pyrolysis then react with the oxidising agent—usually air—to
give the permanent gases CO, CO2, H2, and lesser quantities of hydrocarbon gases.
Generally in gasification processes, pyrolysis proceeds much faster than char gasification,
which involves relatively slow gas–solid reactions between oxygen and char and is thus the
rate-controlling step. Char gasification is the interactive combination of several gas–solid and
gas–gas reactions in which solid carbon is oxidised to carbon monoxide and carbon dioxide,
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and hydrogen is generated through the water-gas shift reaction. The gas–solid reactions of
char oxidation are the slowest and limit the overall rate of the gasification process. The main
chemical reactions are shown in Table 4. Many of these are catalysed by the alkali metals
present in wood ash, but still do not reach equilibrium. The composition of the gas from char
gasification and partial oxidation of the other pyrolysis products is influenced by many
factors, including feed composition, water content, reaction temperature and the extent of
oxidation of the pyrolysis products. However, the overall composition is essentially the
equilibrium composition of the C–H–O system at the temperature of gasification.
Table 4 Reactions in gasification
Overall conceptual reaction
C6H10O5 (average biomass) →

CO2 + CO + H2O + CH4 + C6H10O4 (tar) + C

Heterogeneous reactions
Heat of reaction ∆H (kJ/mole at 20 C)
C + ½ O2
→
CO
– 110.6
CO2 – 393.8
C + O2 →
C + CO2
→
2 CO + 172.6
C + 2H2
→
CH4 – 74.9
→
CO + H2
+ 131.4
C + H2O
Homogeneous reactions
CO + H2O
→
CO2 + H2
CH4 + H2O →
CO + 3H2
CO2 + CH4
2H2 + 2CO →

– 41.2
– 201.9
– 243.1

The gasification process can be modelling by assuming ideality with gasification occurring on
the carbon boundary when char production is exactly balanced by char gasification. This does
not, however, actually predict gas compositions with methane in particularly being underestimated. More accurate modelling can be derived for different gasifier types by CFD
modelling and including assumptions on reaching thermodynamic equilibrium.
Tars represent the liquid products resulting from the pyrolysis step. These are not completely
cracked or oxidised owing to the physical or geometrical limitations of the reactor and the
chemical limitations of the reactions involved, and these give rise to contaminant tars in the
final product gas. These tars tend to be refractory and are difficult to remove by thermal,
catalytic or physical processes. There has been little success over the years in all types or
combinations of tar removal and/or cracking, and this aspect of tar cracking or removal in gas
clean-up is the most important technical uncertainty in implementation of gasification
technologies.
6.2

Gasifiers

A number of reactor configurations have been developed and tested, which can be broadly
classified in fixed bed or fluid bed systems. These are briefly described below, with an
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emphasis on fluid bed systems as these are most likely to be specified in AHR and biomass
gasification in commercial processes based on diesel miscible biofuel production.
6.2.1 Downdraft—fixed bed reactors
In this fixed bed configuration, solid biomass moves slowly down a vertical shaft and air is
introduced and reacts at a throat that supports the gasifying biomass. The reaction products
are intimately mixed in the turbulent high-temperature region around the throat, which aids tar
cracking. This is also referred to as co-current gasification. The technology is simple, reliable
and proven for fuels that are relatively uniform in size and have a low content of fines below
5mm. A relatively clean gas is produced with low tar and usually with high carbon
conversion. The low tar is achieved by cracking on a hot bed of char below the grate. Scale-up
is limited to about 250 kg h–1 feed rate (dry biomass basis), owing to the need to retain a bed
of char across the throat where the air is introduced. There is a maximum feed moisture
content of around 35% wet basis to avoid the heat for water evaporation consuming so much
energy that the gasification reactions are quenched. The small gasifier size and small particle
sizes of AHR make this system unsuitable.
6.2.2 Updraft—fixed bed reactors
In this fixed-bed configuration, solid moves down a vertical shaft and contacts a countercurrent upward moving product gas stream. The technology is simple, reliable and proven for
fuels that are relatively uniform in size and have a low content of fines of below 5mm, so that
channelling or and blinding the moving packed bed is not a problem. This requirement makes
this system unsuitable for AHR.
The product gas from biomass is very dirty, with high levels of tars from what is effectively
distillation of volatiles from the upper part of the bed by heat from the rising hot gas. Tar
crackers have been developed that effectively reduce tars to very low and acceptable levels
but at the expense of reduction in efficiency and higher cost [37, 38, 39]. Scale-up is limited
to around 3 dry t/h feed rate (up to about 5 MWe) from physical size limitations and the need
to ensure uniform solids flow down the reactor. The system has very high thermal efficiency
and high carbon conversion and delivers a gas with a low gas exit temperature. There is good
turn-down capability.
Atmospheric updraft gasifiers seem to have little market attractiveness for power applications
owing to the high tar levels in the product gas and the difficulty in reducing these to
acceptable levels for engines or turbines. While this may be due to the high tar levels in the
fuel gas, recent developments in tar cracking have shown that very low levels can be achieved
from dedicated thermal/catalytic cracking reactors downstream of the gasifier [39]. Another
possible reason for poor marketability is that the upper size of a single unit is around 5 MWe
so larger plants require multiple units.
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6.2.3 Bubbling fluid beds
Bubbling fluid beds offer good temperature control and high reaction rates and are much more
tolerant of a wide range of feed sizes than are fixed-bed reactors. The product gas contains
more particulates than fixed-bed gasifiers but tar levels are moderate. There is good scale-up
potential to 10–15 dry t h–1 with high specific capacity and the system is easily started and
stopped. A typical operating temperature for biomass gasification is about 800–850 C, which
is limited to this low temperature to minimise ash sintering and slagging from alkali metals in
the ash. This would remain a problem with AHR. Most of the conversion of the feedstock to
product gas takes place within the bed, but some conversion continues in the freeboard section
because entrained small particles react and thermal tar cracking occurs. In most cases, carbon
conversion approaches 100%, unless excessive carry over of fines takes place, which will
occur with top feeding. Generally, there can be significant carbon loss with entrained ash.
Turndown, the ability of a reactor to operate at below design capacity, is generally limited to
around 50% due the need to maintain fluidisation.
While tar cracking catalysts such as dolomite and nickel based catalysts can be added to the
fluid bed to reduce tar levels, this is not nearly as effective as adding a second reactor in
which parameters such as temperature, oxygen levels and residence times can be optimised
for tar cracking rather than gasification.
Fluidised beds have many features lacking in fixed-bed reactors, including high rates of heat
and mass transfer and good mixing of the solid phase, which means that reactions rates are
high and the temperature is more or less constant in the bed. Compared with dense-phase
gasifiers, a relatively small particle size is desirable and this may require additional size
reduction. The ash is elutriated and is removed as fine particulates entrained in the off-gas.
Loss of fluidisation due to bed sintering is also a commonly encountered problem depending
on the thermal characteristics and composition of the ash, but the inherently lower operating
temperature of a fluid bed and better temperature control provide an acceptable control
measure. The problem is that alkali metals from the biomass ash form low-melting eutectics
with the silica in the sand, resulting in agglomeration and bed sintering with eventual loss of
fluidisation. With biomass of high ash/inerts content it is better to use alumina. Fluidised beds
are not considered economical for small-scale applications below around 5 t h-1.
Atmospheric bubbling fluidised bed (BFB) gasifiers have proved to be reliable with a variety
of feedstocks at pilot scale and commercial applications in the small to medium scale, up to
about 25 MWth. They are limited in their capacity size range as they have not been scaled up
significantly and the gasifier diameter is significantly larger than that of circulating fluid beds
for the same feedstock capacity. Their market attractiveness is thus relatively high, as is their
technology strength.
6.2.4 Circulating fluid beds
The fluidising velocity in a circulating fluid bed (CFB) reactor is high enough to entrain large
amounts of solids with the product gas. These systems were developed so that the entrained
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material is recycled back to the fluid bed to improve the carbon conversion efficiency
compared with the single fluid bed design. A hot raw gas is produced which, in most
commercial applications to date, is used for close-coupled process heat or retrofitting to
boilers to recover the sensible heat in the gas. Power generation requires tar cracking and/or
removal. CFBs have all the features of bubbling beds and in addition require a large
minimum size for viability of typically above 15 t/h dry feed rates. In-bed catalytic processing
is not easy because of high attrition rates and a secondary catalytic cracking unit is preferred.
Atmospheric circulating fluidised bed gasifiers have proved very reliable with a variety of
feedstocks and are relatively easy to scale up from a few MWth to ~100 MWth. Even for
capacities above 100 MWth, there is confidence that the industry would be able to provide
reliable gasifiers. Circulating fluidised beds appear to be the preferred system for large-scale
applications and the type used by most industrial companies. These systems are technically
well proven and therefore have high market attractiveness.
6.2.5 Twin fluid beds
A twin fluid bed consists of a gasifier and a char combustor. The gasifier is effectively a high
temperature pyrolyser to which steam is added to improve carbon conversion and increase the
hydrogen content of the gas. The by-product char is separated and burnt in a second reactor to
heat the fluidising sand, which is then recirculated back to the gasifier as a heat carrier. The
gasifier and the combustor can be either a bubbling fluid bed or a circulating fluid bed. The
Austrian Energy plant at Güssing, Austria, for example, has a BFB gasifier and a CFB
combustor (Hofbauer and Rauch, 2001: see Fig. 10.12 below), while the Burlington plant in
Vermont, USA has a CFB gasifier and a BFB char combustor (Paisley et al., 2001: see Fig.
10.11 below).
Twin fluid beds offer a better quality gas in terms of heating value giving a medium heatingvalue gas of around 12–18 MJ/Nm–3 without requiring oxygen as there is no dilution from
the nitrogen in air. However, the gas is of poorer quality in terms of incompletely cracked tars
and particulates from incompletely separated char,, although catalysts can be added to the bed
to improve tar cracking. The carbon conversion to gas is relatively low due to loss of carbon
as charcoal, which is used to reheat the sand for the primary gasifier. The process is more
complex with two close-coupled reactors with difficult scale-up and high cost and is therefore
usually limited to larger scales of operation above around 10 t h-1 feed rate. The gasification
reactor may be either a fluid bed or circulating fluid bed. Examples include the Technical
University of Vienna with Austrian Energy [40], shown in Figure 16.
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Figure 16 Twin fluid bed gasifier with CFB gasifier and char combustor as a CFB or
bubbling bed.
6.2.6 Entrained beds
In entrained flow gasifiers, no inert material is present but a finely reduced feedstock is
required, which makes it particularly suited to AHR. Entrained bed gasifiers operate at high
temperatures, about 1200–1500 C usually employing oxygen, and hence the product gas has
low concentrations of tars and condensable gases. However, the high temperature of operation
can create problems of materials selection and ash melting. Conversion in entrained beds
effectively approaches 100%. There is little experience with biomass in such systems,
although it is the preferred technology for coal gasification. An example is the Texaco
gasifier, which has been tested on biomass at pilot scale.
Entrained flow reactors have inherently simple reactor design, but are only potentially viable
above around 20 dry t/h feed rate although there is good scale-up potential. There is, however,
costly feed preparation needed for woody biomass to reduce it to the small size needed for
high reaction rates, there is high carbon loss with ash, and little experience with biomass.
These reactors are still at an early stage of development and the requirement of a small
feedstock size limits their potential, although AHR would be particularly suitable s a feed
material.
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6.2.7 Other reactors
Many other types of gasifiers have been explored. Moving bed gasifiers can operate under
partial oxidation or high temperature pyrolysis conditions with mechanical transport of solids
through the reactor. Technologies include multiple hearth, horizontal moving bed, sloping
hearth and screw or auger kilns. Rotary kilns have good gas–solid contact, but careful design
is needed to avoid solid carry over. They are popular for waste processing because solids
control and mixing are both good. Multi-stage reactors with separate pyrolysis and
gasification stages give improved process control for more difficult feed materials such as
sawdust and cotton residue and have been developed particularly for Municipal Solid Waste.
Cyclonic and vortex reactors have high particle velocities and high reaction rates. They have
only recently been tested for biomass feedstocks and although their simplicity has some
attractions, they are still unproven.
6.3

Pressurised gasification

Pressurised gasification is of considerable interest as the extensive gas cleaning and cooling in
atmospheric pressure systems can be minimised and efficiency improved. These gasifiers
operate under pressures of typically 15–30 bars, with the hot gas being cooled to around 500
C to aid precipitation of alkali metals on the particulates prior to hot gas filtration to remove
the particulates but retain tars in the vapour phase. Some heat can be recovered from the hot
gas. The tars pass through the filter and are burned with the hot gas in the gas turbine, thus
retaining most of the sensible heat and the chemical energy of the tars in the gas. Both tar
cracking and gas cleaning and cooling are avoided, reducing complexity and costs, as well as
avoiding the gas compressor prior to the gas turbine required in an atmospheric-pressure
system.
Pressurised feeders need significant quantities of inert gas for flushing the lock hoppers
during the feeding cycle. The pressurised air supply for the gasifier is usually derived from a
compressor on the gas turbine shaft. Greater flexibility and potentially better control is
derived from a separate air compressor, but at the expense of higher cost and lower efficiency.
Figure 17 shows a pressurised gasifier with power generation in open cycle. Both capital and
operating costs are significantly higher for pressurised operation, although these are to some
extent balanced by savings from reduced vessel and piping sizes, the avoidance of a gas
compressor for the gas turbine and higher efficiencies.
Pressurised fluidised bed systems, whether circulating or bubbling, are generally considered
of limited short-term market attractiveness owing to the more complex operation of the
installation and the additional costs of construction of pressurised vessels. Pressurisation
offers significant potential efficiency and cost advantages in IGCC (Integrated Gasification
Combined Cycle) applications, but large sizes are needed to justify the additional costs,
currently viewed as typically above 50 MWe. At this scale, circulating fluid beds are
preferred.
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Figure 17 Pressurised gasifier with power generation in open cycle
While the relative advantages and disadvantages of pressurised gasification systems and
atmospheric systems have not been fully resolved, Table 5 gives a summary.
Table 5 Features of pressure and atmospheric gasifiers
Pressurised gasifiers
Feeding is more complex and very costly, and
has a high inert gas requirement for purging.
Capital costs of pressure equipment are much
higher than atmospheric equipment, although
sizes are much smaller
Gas is supplied to the turbine at pressure,
removing the need for gas compression and
also permitting relatively high tar contents in
the gas. Hot gas clean-up also reduces energy
losses and in principle is simpler and has
lower overall costs than scrubbing systems,
Overall system efficiency is higher owing to
retention of sensible heat and chemical energy
of tars in the product gas.
33

Atmospheric gasifiers
For gas turbine applications, the product gas
is required to be sufficiently clean for
compression prior to the turbine. For engine
applications the gas quality requirements are
less onerous and pressure is not required.
Atmospheric systems have a potentially
much lower capital cost at smaller capacities
of below around 30 MWe
Gas compositions and heating values are not
significantly different for either system.

6.4

Oxygen gasification

Oxygen can be used to replace air either partially or completely as the oxidant. The
advantages of using oxygen include:
• Higher reaction temperatures, which can lead to lower tar levels and smaller gasifiers;
• Lower gas volumes from the reduction or absence of nitrogen, leading to smaller
vessel and piping sizes and hence lower costs;
• The reduction or absence of nitrogen leads to more efficient use of gas for synthesis
of, for example, liquid fuels, and requires a lower level of modifications in boilers,
engines and turbines;
• Improved heating value of gas, requiring fewer modifications to burner.
There is, however, a significant energy and financial cost associated with the use and supply
of oxygen, from both its procurement and the additional measures needed to mitigate hazards
in handling and use. The overall impact on process performance is currently considered
neutral. In electricity generation, there is no evidence that the benefits of producing higher
heating value gas with oxygen gasification justifies the cost of providing and using oxygen,
which explains the low level of interest in oxygen gasification. However, in applications
aiming to produce a clean synthesis gas for chemical synthesis (for example, Fischer Tropsch
or biomethanol), oxygen gasification is much the preferred route to avoid having to handle
high levels of nitrogen in the process.
6.5

Integrated gasification combined cycles

Integrated Gasification Combined Cycles (IGCC) are systems where the gas turbine cycle is
followed by a steam cycle after recuperation of the waste heat in a waste-heat boiler (HRSG).
They offer high efficiencies of potentially up to 50%. IGCC systems can be operated with an
atmospheric pressure gasifier or a pressurised gasifier. Figure 17 shows an atmospheric
gasification IGCC system, while Figure 18 shows a pressurised gasification IGCC system for
comparison.
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Figure 18 A pressurised gasification IGCC system
For an atmospheric pressure gasifier, the product gas requires compression to be fired in the
gas turbine combustor and compression requires a clean and cool gas. The air supply to the
gasifier would probably be provided independently, although a bleed from the air
compression loop could be used. This latter choice would require extensive compressor
modifications and impose control problems on the system. Thus a separate additional
compressor is usually specified. A major requirement is for a clean cool gas to be fed to the
fuel gas compressor, which requires a high degree of gas cleaning and cooling prior to the
compressor. Considerable efforts are being made to minimise the cost of the gas-cleaning
step.
The plant in Värnamo was the most developed of the biomass IGCC systems built, although it
has not operated for some years (see Figure 19). It produced about 6 MWe electricity for the
grid as well as providing 9 MWth to the district heating system of the city of Värnamo, from a
total fuel input equivalent to 18 MWth. The accumulated operating experience amounts to
about 8500 hours of gasification and more than 3600 hours of gas turbine operation on
biomass-derived gas. A successful test programme addressing fuel flexibility and NOx
emission problems was completed in 2000. A range of fuels including wood, bark, forest
residues, willow grown as an energy crop, straw and RDF (Refuse-Derived Fuel) have been
used without any major operating problems.
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Figure 19 Process flow diagram of the Värnamo plant - Atmospheric gasification with
co-generation (IGCC).
6.6

Status of biomass gasification technology

There is still very little information on costs, emissions, efficiencies, turn-down ratios and
actual operational experience for gasification technologies. In particular, no manufacturer is
willing to give full guarantees for technical performance of their gasification technology. This
confirms the limited operating experience and the limited confidence in the technology.
Figure 10.20 suggests a relationship between gasification technologies in terms of their
strength and their market attractiveness for power generation.
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TECHNOLOGY STRENGTH
Strong Average Weak
Atmospheric CFB
Atmospheric BFB

High

Pressurised CFB
Pressurised BFB

MARKET
ATTRACTIVENESS

Updraft
Downdraft
Entrained Bed

Low

Cyclonic

Figure 20 Technology status of biomass gasification
Atmospheric downdraft gasifiers are attractive for small-scale applications up to about
1.5 MWth as there is a very big market in both developed and developing economies.
However, the difficulty of efficient tar removal is still a major problem and a higher level of
automation is needed, especially for small-scale industrial applications. Nevertheless, recent
progress in catalytic conversion of tar gives more credible options and these systems can
therefore be considered of average technical strength.
Atmospheric updraft gasifiers seem to have little market attractiveness for power applications.
While this may be due to the high tar levels in the fuel gas, recent developments in tar
cracking have shown that very low levels can be achieved from dedicated thermal/catalytic
cracking reactors downstream of the gasifier. Another possible reason is that the upper size of
a single unit is around 2.5 MWe so larger plant capacities require multiple units.
Atmospheric bubbling fluidised bed gasifiers have proven to be reliable with a variety of
feedstocks at pilot scale and commercial applications in the small to medium scale, up to
about 25 MWth. They are limited in their capacity size range as they have not been
significantly scaled up and the gasifier diameter is significantly larger than that of circulating
fluid beds for the same feedstock capacity. On the other hand, they are more economic for
small to medium range capacities. Their market attractiveness and technology strength are
thus relatively high.
Atmospheric circulating fluidised bed gasifiers have proved very reliable with a variety of
feedstocks and are relatively easy to scale up from a few MWth to 100 MWth. Even for
capacities above 100 MWth, there is confidence that the industry would be able to provide
reliable gasifiers. These gasifiers appear to be the preferred system for large-scale applications
and most industrial companies use them; these systems therefore have high market
attractiveness and are technically well proven.
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Atmospheric cyclonic gasifiers have only recently been tested for biomass feedstocks and
although they have medium market attractiveness because of their simplicity, they are still
unproven.
Finally, atmospheric entrained-bed gasifiers are still at a very early stage of development and
since they require feedstock of a very small particle size, their market attractiveness has been
considered very low, but the advent of torrefaction which makes biomass much more
grindable, has substantially changed this view in recent years.
Pressurised fluidised bed systems, either circulating or bubbling, are considered of more
limited market attractiveness because of their more complex installation and the additional
costs of construction of pressurised vessels. However, pressurised fluidised bed systems have
the advantage in integrated combined cycle applications as the need to compress the fuel gas
prior to utilisation in the combustion chamber of the gas turbine is avoided.
In conclusion, for large-scale applications the preferred and most reliable system is the
circulating fluidised bed gasifier. Bubbling fluidised bed gasifiers can be competitive for
medium-scale applications. Large-scale fluidised bed systems have become commercial by
reason of successful co-firing projects (see below), while moving-bed gasifiers are still trying
to achieve this. An overall summary of the range of applications for each technology and
representative efficiencies for power generation is shown in Figure 21.
Efficiency for power production, %
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Updraft
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Figure 21 Relationship between technology, scale and efficiency for electricity
production.
6.7

Fuel gas quality

The fuel gas quality requirements, for turbines and liquid fuel synthesis in particular, are very
high. Tar is a particular problem and remains the most significant technical barrier. There are
two basic ways of destroying tars, both of which have been and continue to be extensively
studied:
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• By catalytic cracking using, for example, dolomite or nickel;
• By thermal cracking, for example by partial oxidation or direct contact;
• By physical removal such as scrubbing
The gas is very costly to store or transport so it has to be used immediately. Hot gas
efficiencies for the gasifier (total energy in the raw product gas as a fraction of the energy in
the feed) can be as high as 95–97% for close-coupled turbine and boiler applications, and up
to 85% for cold gas efficiencies. In power generation using combined cycle operation,
efficiencies of up to 50% for the largest installations have been proposed, reducing to 30% for
smaller applications. Table 6 summarises typical gasifier and product gas characteristics and
Table 7 gives typical product gas compositions for the common gasifiers.
Table 6 Typical gas and gasifier characteristics
Gasifier type

Gas HHV,
MJ/Nm3

Fixed bed ¶
Downdraft A
5
Downdraft O
10
Updraft A
6
Updraft O
10
Fluid bed
Bubbling bed A
5
Circulating bed A
5
Circulating bed O
10
Entrained bed A
5
Twin reactor P
15
Other
Rotary kiln P
10
Cyclone reactors A 5
Horizontal bed A
5
Auger kiln P
10
#
Typical size range based
on dry biomass feed rate, dry
tonnes h–1.
A
Air-blown gasifier.
O
Oxygen blown.
P
Indirectly heated gasifier
(steam gasifier or pyrolyser).

Tars

Solids

Turndown

Scaling
up

Size range
dry t/h#

v. low
v. low
v. high
High

moderate
moderate
moderate
moderate

good
good
good
good

poor
fair
good
good

0.05 – 0.5
0.5 – 2
1–5
3 – 10

Fair
Low
Low
Low
High

high
v. high
v. high
v. high
high

good
good
good
poor
fair

good
v good
v good
good
good

1 – 10
10 – 50
20 – 50
5 – 30
10 – 50

High
high
poor
fair
2 – 20
Low
v. high
poor
fair
1 – 10
High
low
fair
fair
1–5
High
low
fair
fair
0.5 – 5
Green cells indicate desirable characteristics.
Red cells indicate undesirable characteristics.
Orange cells indicate moderate characteristics.

39

Table 7 Typical product gas characteristics from different gasifiers

Fluid bed air-blown
Updraft air-blown
Downdraft air-blown
Downdraft oxygen
Twin fluid bed
Pyrolysis for comparison
a HHV = Higher Heating Value
6.8

Gas composition, dry, vol%
H2
CO
CO2 CH4
9
14
20
7
11
24
9
3
17
21
13
1
32
48
15
2
31
48
0
21
40
20
18
21

N2
50
53
48
3
0
1

HHVa
MJ/Nm3
5.4
5.5
5.7
10.4
17.4
13.3

Gas quality
Tars
Dust
Fair
Poor
Poor
Good
Good Fair
Good Good
Fair
Poor
Poor
Good

Gas clean-up

Gases formed by gasification will be contaminated by some or all of the constituents listed in
Table 8. The level of contamination will vary depending on the gasification process and the
feedstock. Gas cleaning must be applied to prevent erosion, corrosion and environmental
problems in downstream equipment.
Table 8 Fuel gas contaminants and their problems
Contaminant
Particulates
Alkali metals
Fuel-bound nitrogen
Tars

Examples
Ash, char, fluidised bed material
Sodium, potassium compounds
Mainly ammonia and HCN
Refractive aromatics

Sulphur, chlorine

HCl, H2S

6.9

Problems
Erosion
Hot corrosion
NOx formation
Clogs filters
Difficult to burn
Deposits internally
Corrosion emissions

Hot gas clean-up for particulates

Gas streams from biomass gasification carry very small carbon-containing particles which are
difficult to remove by cyclones. Tests using high efficiency cyclones showed that particulates
levels were not reduced to less than 5–30 gNm–3 (Kurkela et al., 1993). For this reason
barrier filtration methods such as sintered metal or ceramic filters are preferred. This
particularly important for pressurised systems where the sensible heat of the gas needs to be
retained as well as avoiding scrubbing systems for tar removal.
High-temperature ceramic or metal candle filters have been tested with gasification products
from peat and coal. Many designs do not give a constant pressure drop across the filter, but
rather this increases as the deposits build up. One solution is to layer the filters, and where this
is done removal efficiencies in excess of 99.8% have been reported. Tests on wood-derived
gases have presented a further problem with filter clogging by soot derived from thermal
cracking of tars both in the gas phase and on the filter surface. Cooling the gas to below 500 C
and reducing gas face velocities across the filter surface can reduce this problem. However, if
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temperatures fall below 400 C, there is still a potential problem with tar deposition. Recent
developments employ ceramic candle filters with automatic pulsing to strip off the
accumulated filter cake. However, there have been problems with the mechanical strength of
ceramic filters and their susceptibility to thermal shock. Sintered metal filters are more robust
and a guard filter is advisable in all cases to protect sensitive downstream equipment such as
the gas turbine.
6.10

Tar destruction

Tar concentration is mainly a function of gasification temperature, with tar levels reducing as
the temperature increases. The relationship between temperature and tar level is a function of
the reactor type and processing conditions. The tars formed in the pyrolysis stage of
gasification are subsequently thermally cracked in most environments to refractory tars, soot
and gases.
While tar cracking catalysts such as dolomite can be added to the bed, more effective tar
conversion comes from a secondary reactor which provides better temperature control and
mixing (Corella et al., 1988; Simell and Kurkela, 1997).
Tar levels and characteristics are also dependent on the feedstock. Tests have shown that tar
production in wood gasification is much greater than in coal or peat gasification and that the
tars tend to be heavier, more stable aromatics (Kurkela et al., 1993). These may partially react
to give soot from gas-phase reactions, which can block filters: this appears to be a problem
peculiar to biomass gasification.
There are three basic ways of destroying tars:
• by catalytic cracking using, for example, dolomite;
• by catalytic reforming using, for example, nickel based catalysts;
• by thermal cracking, for example by partial oxidation or direct contact with a heated
surface.
6.10.1 Catalytic cracking and reforming
Tar conversion in excess of 99% has been achieved using dolomite, nickel-based and other
catalysts at elevated temperatures of typically 800–900 C. These tests have been performed
using both fossil and renewable feeds. Most reported work uses a second reactor. Some work
has been carried out on incorporation of the catalyst in the primary reactor, which has often
been less successful than use of a second. Elevated freeboard temperatures thermally crack
tars and can reduce the load on the catalytic cracker.
Catalyst deactivation is generally not a problem with dolomite. An initial loss of activity is
sometimes experienced as carbon compounds settle on the catalyst, but these compounds
gasify as the bed temperature rises and the catalyst is reactivated. Metal catalysts tend to be
more susceptible to contamination. Low hydrogen concentrations in the product gas will
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reduce the catalytic activity of metal-based systems. The low sulphur content of biomass
gases can reduce the activity of metal sulphide catalysts by stripping out the sulphur.
Dolomite and limestone have limited mechanical strength and suffer from severe attrition
resulting in losses by elutriation. This requires constant addition of new material, particularly
in circulating fluid bed systems, where the highest rates of attrition occur, and thus only
relatively inexpensive and readily available catalyst material can be used.
6.10.2 Thermal cracking
Tar levels can be reduced to levels found in downdraft systems by thermal cracking at 800–
1000 C. However, biomass-derived tars are more refractory and harder to crack by thermal
treatment alone, as indicated in Figure 22. As discussed above, elevated freeboard
temperatures in fluid bed gasifiers provide some thermal tar cracking. There are several ways
of achieving thermal cracking:
• Increasing residence time after initial gasification such as in a fluid bed reactor
freeboard, but this is only partially effective;
• Direct contact with an independently heated hot surface, which requires a significant
energy supply and thus reduces the overall efficiency. This is also only partially
effective due to reliance on good mixing;
• Partial oxidation by addition of air or oxygen. This increases CO2 levels, reduces
efficiency and increases cost for oxygen use. It can be very effective particularly at the
high temperatures achieved with oxygen gasification of 1300 C or more.
High

Tar level

Difficulty in cracking

Low
700

800

900
Temperature, C

1000

1100

Figure 22 Relationship between tar levels, cracking difficulty and temperature.
6.10.3 Tar removal
The Guessing gasifier referred to previously has had success in scrubbing with biodiesel
which is returned to the gasifier when saturated with tar. Water scrubbing is widely assumed
to be a proven technique for physical removal of particulates, tars and other contaminants.
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Unfortunately, most experience is not so reassuring and there are many reported problems,
particularly in the poor removal efficiencies of tars although surprisingly little hard data is
available. These tars require more physical capture and agglomeration or coalescence than
simple cooling. Biomass-derived tars are known to be very difficult to coalesce and a complex
treatment system is likely to be required even to attain tar removal levels of 90%.
A typical system will include a saturator to cool and saturate the gas for coalescence of
particulates and tars in the next stage. A high-efficiency scrubber then follows to contact the
contaminants intimately and reduce the pressure so that the water will condense onto the
particulates and tar droplets, thus increasing their size and improving their susceptibility to
agglomeration and coalescence. The final stage is to provide a high-residence time tower to
allow the system to equilibrate. Tar levels down to 20–40 mgNm–3 and particulate levels
down to 10–20 mgNm–3 have been claimed with such a system. Soluble gases such as
ammonia, and soluble solids such as sodium carbonate are effectively removed.
These systems are fairly expensive and create a waste disposal problem by generating large
quantities of contaminated water. The wastewater can usually be treated by conventional
biological processes unless there is a high recycle ratio, when more concentrated solutions
will be produced requiring special disposal methods such as incineration.
Cooling the product will also reduce electrical efficiency, but is essential for applications in
engines to provide the highest energy density gas. A few attempts have been made to scrub
with oil, which was thought more likely to capture the tars, but the consequential problems
outweighed any benefits. Electrostatic precipitation is an effective but costly way of removing
tars, but there is little experience on biomass-derived gasification products although it has
proved very successful in capturing fast pyrolysis-derived aerosols.
6.11

Alkali metals

Alkali metals exist in the vapour phase at high temperatures and will therefore pass through
particulate removal devices unless the gas is cooled. The maximum temperature that is
considered to be effective in condensing metals is around 600 C. Tests on alkali species have
shown that their gaseous concentrations fall with temperature to the extent that concentrations
are close to turbine specifications at temperatures below 500–600 C. Thus it is possible that
gas cooling to this level will cause alkali metals to condense onto entrained solids and be
removed at the particulate removal stage. Alkali metals may also damage ceramic filters at
high temperatures, and a hot gas clean-up system will thus first have a cooler before the hot
gas filter.
Alkali metals cause high temperature corrosion of turbine blades, stripping off their protective
oxide layer. For this reason it is widely believed that their concentration must not exceed 0.1
ppm at entry to the turbine. There is no experience with modern coated blades in such an
environment.
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6.12

Other contaminants

50–80% of fuel-bound nitrogen is converted to ammonia and lesser quantities of other
gaseous nitrogen compounds during gasification. These compounds will cause potential
emissions problems by forming NOx during combustion. There are three ways of approaching
the problem of NOx emissions, any of which may be used singly or in combination:
• reduce the formation of NOx by limiting fuel-bound nitrogen in the feedstock through
careful selection of biomass types and/or blending;
• use low-NOx combustion techniques;
• use selective catalytic reduction (SCR) at the exhaust of the engine or turbine.
Sulphur is not generally considered to be a problem because biomass feeds have very low
sulphur content. However, the specification on turbines is typically 1 ppm or less, and even
lower if co-contaminants such as alkali metals are present. Fischer Tropsch catalysts are even
more sensitive to sulphur, so more extreme measures are required to control sulphur levels.
Chlorine is another potential contaminant that can arise from pesticides and herbicides and in
biomass crops grown near the sea and waste materials. As international trade in biomass
grows, sea transport may also increase chlorine levels in the biomass being transported.
Levels of 1 ppm are often quoted, but this is a function of the temperature, chlorine species,
co-contaminants and materials of construction. The behaviour of chlorine and metals at
elevated temperatures is well understood. Chlorine and compounds can be removed by
absorption in active material either in the gasifier or in a secondary reactor, or by dissolution
in a wet scrubbing system. Dolomite and related materials are less effective at removing
chlorine than sulphur. Table 8 summarises all the likely contaminants and the methods of
clean-up.
Table 9 Summary of gas cleaning options
Contaminants
Ash
Char
Inerts
NH3
HCl
SO2
Tar
Na
K
Other metals
6.13

Clean-up method
Filtration, scrubbing
Filtration, scrubbing
Filtration, scrubbing
Scrubbing, SCR (Selective Catalytic Removal)
Lime or dolomite, scrubbing, absorption
Lime or dolomite, scrubbing, absorption
Tar cracking, or tar removal
Cooling, condensation, filtration, adsorption
Cooling, condensation, filtration, adsorption
Cooling, condensation, filtration, adsorption

Applications of product gas

Figure 23 summarises the range of fuel, electricity and chemical products that can be derived
from the product gas. Medium heating value gas from steam or pyrolytic gasification, or from
oxygen gasification, is better suited to synthesis of transport fuels and commodity chemicals
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because of the absence of diluent nitrogen, which would pass through unchanged but reduce
process efficiency and increase costs. The exception is ammonia synthesis, where the nitrogen
content derived from air gasification can be utilised in the ammonia synthesis process.

Synthesis
Transport
fuels etc
Conversion
MHV gas

Chemicals
Fuel cell

Steam or oxygen

Ammonia &
Fertilisers
Turbine

Gasification
Air

LHV gas

Engine

Electricity

Co-firing
Heat
Boiler

Figure 23 Summary of applications for fuel gas or synthesis gas from biomass or
residue gasification
6.14

Electricity

There are two basic machines for generating electrical power from product gas: turbines and
engines. There is no clear allocation of choice of machine and system size, but the orthodox
view is that engines are more suitable up to 5–10 MWe and turbines are preferable above 10–
20 MWe for an atmospheric pressure gasifier and above 20–30 MWe for a pressure gasifier.
Turbines become more attractive at larger sizes, particularly for IGCC and similarly advanced
cycles when higher efficiencies can be achieved and economies of scale become more
noticeable. Engines have the advantages of robustness, high efficiency at low sizes, higher
tolerance to contaminants than turbines (up to 30 ppm tars can be tolerated), easier
maintenance, and they also have wide acceptability. However, operation in combined cycle
mode is rarely justified as only a small increment in efficiency can be gained. There is poor
economy of scale as capacity is more a function of the number of cylinders than cylinder size,
and specific capital costs are typically independent of size. Engine gen-sets are, however,
available up to 50 MWe, and gas turbines have been successfully used at 3 MWe. The two
main types of turbine are industrial and aero-derived. Industrial turbines are more robust, less
demanding and have lower efficiency than aero-derived turbines. There is considerable
interest in the potential of fuel cells for power generation, but as yet very little activity in fuel
cells based on biomass.
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Where gas turbines are used in conjunction with a gasifier operating at atmospheric pressure,
the product gas will require compression before combustion. This imposes severe gas quality
requirements if damage to the compressor is to be avoided. The air supply to the gasifier
would probably be provided independently, although a bleed from the air compression loop
could be used. This latter choice would, however, require extensive compressor modifications
and impose severe control problems on the system, similar to those for a pressure gasifier. A
pressurised gasifier would either use compressed air from the compressed air loop on the
turbine set or would have an independent air compressor. The latter solves some of the
potential control problems that arise from integration of the gasifier operation with the
turbine, but at the expense of higher cost and lower system efficiency.
Engines have more tolerant control requirement since conventional fuel mixing devices and
orthodox engine management systems can be used. They tend to react positively and quickly
to variations in gasifier output without adversely affecting the gasifier operation. There is
extensive practical experience of such systems from small-scale gasifier operations as well as
landfill gas operations.
Fuel cells place high demands on gas quality, exceeding the requirements for gas turbines.
The absence of any experience of fuel cells using biomass-derived gas limits discussion to
speculation that the demands will be difficult to achieve.
The simple gas turbine cycle is not very efficient since there is considerable energy wasted in
the hot exhaust gases. Adding a heat recovery system to the gas turbine exhaust can increase
efficiency. This would usually generate steam to power a steam turbine in a combined cycle
mode, or the steam can be mixed with the combustion gases and fed through the gas turbine in
a steam injected gas turbine (STIG) cycle. Combined cycle operation will utilise not only the
waste heat from the exhaust but also the heat recovered from the primary gas cooler before
filtration.
One way of avoiding the problems of gas cleaning is to use a Brayton cycle to burn the fuel in
a separate combustor and heat the turbine gases indirectly via a high-temperature gas/gas heat
exchanger. The main problem is the loss of efficiency caused by indirect heating of the
turbine working gases, and the temperature limits imposed by the heat exchanger materials,
which limits the attainable efficiency. While indirect heating improves turbine reliability,
there are costs incurred in flue gas treatment and the gas/gas heat exchanger.
In summary, system optimisation is a major requirement and requires careful consideration
and evaluation.
6.15

Transport fuels and other chemicals

The basic raw material for the production of transport fuels and other commodity chemicals is
synthesis gas or syngas, as it is usually known. Syngas is a mixture of carbon monoxide (CO)
and hydrogen (H2). There are usually other components arising from gasification such as
carbon dioxide (CO2), methane (CH4), higher hydrocarbons such as ethylene and ethane,
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propane and propylene, and nitrogen from air gasification. Generally these act as diluents, but
different generic and specific processes have different levels of tolerance for each component.
There will also be trace contaminants containing sulphur (e.g. H2S), chlorine (e.g. HCl, COCl)
and nitrogen (e.g. ammonia NH3) in a range of compounds. The concentrations of these trace
components will usually require reduction to a few ppm for most catalyst systems used in
synthesising alcohols and hydrocarbons, and each catalyst has its own limitations and
tolerances.
Fischer Tropsch is commercially available from, for example, Sasol and Shell, and
hydrocarbons from C1 (methane) up to C99 are always formed. The product spectrum is
controlled by the catalysts and synthesis conditions and can be simply represented by:
CO + 2H2 → (CH2)n + H2O
Methanol synthesis is commercially available and the major processes are available from ICI
or Lurgi. The basic reaction is:
CO + 2H2 → CH3OH
For methanol, the optimum ratio of hydrogen to carbon monoxide is around 2.2 and there is
also an advantage in maintaining a low concentration of carbon dioxide in the syngas.
Shift conversion is used to adjust the H2 : CO ratio
CO + H2O ↔ H2 + CO2
The shift reaction is reversible, the position of equilibrium being determined by temperature,
pressure and concentrations. Almost any feed gas composition can be readily adjusted to the
desired ratio. Finally carbon dioxide is removed by scrubbing and there is a wide range of
proprietary processes available to do this, according to scale, inlet and outlet CO2
concentrations and energy requirements. Conversion per pass is around 20% and the
unconverted gas is conventionally recycled to achieve close to 100% conversion, thus raising
conversion efficiency but also increasing capital cost from handling large volumes of gas
under pressure. In once-through systems, the residual gas is burned in a gas turbine or
combined cycle plant after a single pass through the methanol synthesis reactor. The methanol
is either stored for peak power production or exported. This offers the advantages of higher
efficiency at lower cost and with increased flexibility.
Methanol can be converted to gasoline at high efficiency by the Mobil MTG process using
zeolite ZSM–5 catalyst. This process has been commercially proven in New Zealand, where
natural gas is converted to methanol and then to gasoline. An analogous process known as
MOGD (Methanol to Olefins, Gasoline and Diesel) has been developed for diesel fuel.
Syngas can also be processed by the Fischer–Tropsch synthesis, which produces a broad
spectrum of hydrocarbons from methane through to heavy fuel oil. This process is
commercially operated by Sasol in South Africa, where over a million tonnes per year of coal
are processed into a full range of marketable hydrocarbon products. The major problem
currently with using this technology for biomass is the lack of catalyst specificity and the
range of products formed. At very high capacities, as at Sasol, all the products can be

47

economically refined into marketable products (as they are in an oil refinery), with some
products like transport fuels commanding premium prices and other products having
relatively low value. At very small scales of operation, however, no product is produced in
quantity sufficient to make refining worthwhile. Nevertheless, progress is being made with
catalyst and process development, and there is increasing optimism that this technology could
be applied to biomass-derived gas. As with methanol, the once-through concept is also being
promoted.
A further option for product gas derived from air gasification routes is synthesis of ammonia,
since the nitrogen content of the product gas can be utilised. In all cases there is substantial
demand for efficient and economical scaled-down processes, and this will require further
processing and catalyst development.
7

COMBUSTION

Combustion is the most developed of the thermal conversion technologies. There is extensive
experience in combusting a wide range of high quality and low quality fuels and suitable
combustion systems are widely available. Combustion is included as an alternative
processing route as it presents the lowest uncertainty in developing a biorefinery. While
efficiencies are not as high as gasification and are more comparable to fast pyrolysis (see
Figure 24), the risk factor is considerably less, and it is considered likely that a new
technology as being developed in this project would benefit from a more proven technology
in the early stages of process development as there will be sufficient uncertainties in the rest
of the process. It is therefore recommended at the present state of development and
knowledge that residues are combusted for steam raising with power generation through a
steam cycle.
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Figure 24 Efficiency of power generation via the three main thermal conversion routes
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8

ECONOMICS OF THERMAL CONVERSION SYSTEMS FOR
ELECTRICITY PRODUCTION

The figures in this chapter show comparisons of electricity production from biomass between
combustion (Combust), atmospheric pressure gasification (GasEng), pressurised gasification
in combined cycle (IGCC) and fast pyrolysis with an engine (PyrEng). Figure 24 shows
capital costs for plants constructed now (i.e. first plant costs for gasification and pyrolysis and
nth plant costs for combustion; all costs in Euros, 2013).
Figure 10.47 shows the resultant electricity production costs for the four systems, while
Fig. 10.48 shows the benefits of learning in reducing capital costs as more plants are built, i.e.
longer term costs. In all cases, the process is assumed to start with wood delivered as wet
chips, and all steps and costs needed to produce electricity by turbine (Combust and IGCC) or
engine (GasEng and PyrEng) are included. Full details of the methodology can be found in
Bridgwater et al. [41], from which these data are derived. Although IGCC systems are more
efficient overall, there is greater process complexity, which only benefits from economies of
scale at larger throughputs (Figure 24). While combustion capital costs and electricity costs
are lower, overall system efficiencies are also lower thus requiring more biomass, emissions
are more difficult to control and significant problems have arisen with ash deposition in many
Californian bio-energy plants. There is much interest in the potential for high efficiency
IGCC plants of up to 50 MWe where the logistical limitation of a diffuse biomass resource
becomes very important.
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Figure 25 Comparison of total plant costs for four biomass to electricity systems on a
current cost basis (2013).
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The key to the technologies is:
•
PyrEng: fast pyrolysis process with one dual fuel engine accepting all the output;
•
GasEng: fluid bed gasifier with a close-coupled dual fuel diesel engine accepting all the
output;
•
IGCC: pressure CFB gasifier with gas turbine and steam turbine utilising the waste heat
in cogeneration mode;
•
Combust: orthodox CFB combuster and steam turbine.
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Figure 26 Comparison of electricity production costs for four biomass to electricity
systems on a current cost basis.
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TOTAL SYSTEM

Figure 27 summarises all the option available in the Dibanet project in order to demonstrate
the extensive options available and the complexities of different processes and different
products.
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Figure 27 Summary of processes and products that may be derived from a biorefinery
based on processes investigated in DIBANET
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